Membrane separation systems could be a feasible option as post combustion carbon capture technologies in coal-fired power plants. Recent advancement on membrane materials based on microporous super glassy polymers could improve significantly the capture process but the properties of the materials have to guide the design of the separation stage. In this study an advanced hybrid two-stage membrane process employing one of the most permeable polymer known (PIM-1) is retrofitted to a coal fired power plant and the process is analysed in terms of energy requirement and cost performance. The results are based on the use of an in-house detailed membrane module model implemented in UniSim Design ® , the Honeywell process flowsheet simulator. The study indicates the need for advanced configuration in order for highly permeable membranes to be competitive with more mature technologies in terms of capture cost. The effect of ageing and impurities on the material is also investigated in order to predict the decline in process performance over time and suggest a timeproof design.
Introduction and background
Carbon dioxide emissions from power plants are one of the main contributors to global climate change [1] and significant efforts in their reduction are needed if the increase in global average temperature is to be limited well below 2 C as pledged at COP21 in December 2015 in Paris [2] . Combustion of fossil fuels will still play a key role in the energy generation portfolio in the next decades despite the increasing effort on the development of renewables. In particular, coal will still be a primary energy source around the world: for example in China the coal demand is expected to reach 3.9e4.3 billion tonnes of coal by 2025 [3] . In this scenario, Carbon Capture and Storage (CCS) is one of the main candidate solutions to reduce CO 2 emissions from fossil fuel power plants. In this work post-combustion carbon capture solutions for coal-fired power plants using a hybrid membrane technology are considered and evaluated in terms of energy requirements and costs.
Solvent absorption is regarded as a mature technology for post-combustion carbon capture with amine representing the standard case for comparison. The drawback still lies in the energy penalty due to the reboiler duty in the regeneration column with energy consumption in the range 4e6 MJ/ kgCO 2 captured [4, 5] . Research effort have been focused on the development of new solvents that decrease the energy penalty of the integrated process [6] and on improvement of heat integration and new process configurations [6, 7] that reduce energy consumptions. Membrane gas separations are already applied to air separation and natural gas sweetening [8] . Membrane separation processes provide a modular and flexible solution, where no solvents are needed and may represent an alternative for post combustion carbon capture from coal-fired power plants [9, 10] . The low CO 2 concentration in the flue gas and the low selectivity of commercial materials are still critical and hinder the large deployment of the technology. The effect on membrane performances of other components including water vapour or impurities such as sulphur compounds, ashes and NOx is also very important. Tests on real flue gases are currently reported in order to evaluate stability and durability of the materials in the presence of contaminants [11, 12] .
Several papers in the literature have looked at the integration of membrane processes in power plants looking at both process and material aspects. One of the main conclusions is that with the current materials no one-stage membrane process could achieve the 90% recovery at 95% purity usually prescribed [13, 14] . Two-stage processes have been analysed in depth with various configurations proposed [15e24] starting from simple cascade schemes [18] with no recycles. In addition to designs presenting only membrane stages (and a compression system), different studies show hybrid solutions where an additional separation process or a refrigeration stage is added in order to increase the efficiency of the design [14] . Highly integrated configurations which involve the recycle of part of the CO 2 to the boiler with the combustion air and therefore significant modifications of the original power plant are also considered [14,23,25e27] .
Recently Roussanaly et al. [28] analysed 1600 different combinations of permeability and selectivity from the Robeson plot for the CO 2 /N 2 separation in order to design the optimised simple two-stage process for each membrane and compare them with the reference amine process. Their analysis was based on a simple cascade scheme with no recycles and they were able to identify the condition for which membranes could compete with the traditional process in terms of costs. The minimum value of selectivity required for a given permeability to have an economically viable process was identified (e.g. 40 at 3500 GPU), but their analysis was limited to a binary flue gas and a simple cascade scheme; as stated in the paper, more advanced designs are expected to improve significantly the prospects for membranes.
On the materials side, research has been focused on achieving high CO 2 permeabilities and high selectivities over the other components in the flue gas [29e31]: this would guarantee an efficient separation lowering both membrane areas and energy consumptions. Recently several materials with high permeability have been reported in the literature, either polymers of intrinsic microporosity (PIMs) or Thermally Rearranged materials (TRs) [31] . Most of the process options analysed previously are based on very different transport properties, therefore process configurations specific to the novel polymers have to be devised, making sure that appropriate models are used in the simulations [32] . Additionally, since most of these novel materials are glassy polymers, their stability to ageing, contaminants and humid conditions [11e13] has become an important aspect to investigate.
In this paper, an advanced hybrid two-stage membrane carbon capture process is designed based on the transport properties of a high permeability polymer (PIM-1). Potential improvements to the process design are discussed and the effect on the process of the decline in transport properties due to ageing and the presence of impurities in the flue gas is also evaluated. The proposed process designs are linked to a rigorous economic evaluation that follows methodologies proposed by various international organisations [33e35].
Methodology

Power plant and solvent carbon capture process
A 550 MW coal-fired power plant with a sub-critical steam cycle (16.7 MPa/838.8 K/838.8 K) as reported by Ahn et al. [7] based on the assumptions of the 2007 DOE report, Case 9 [36] is considered as reference case (Fig. 1) . The characteristics of the flue gas emitted from the power plant are reported in Table 1 . The reference capture technology is an amine absorption process based on DOE Case 10 [36] using Mono Ethanol Amine (MEA) capture as retrofit. After the Flue Gas Desulfurization (FGD), the flue gas is sent to a direct contact cooler (DCC), pressurized to 131 kPa and sent to the amine absorber (30% wt MEA).
A multi-stage compression system with intercooling at 45 C based on the DOE guidelines [36] is also included in order to have the high-purity supercritical CO 2 -rich stream at 150 bar. A value of 80% [14] is assumed for the efficiency of compressor, expanders and pumps. The power required by the capture and compression sections reduces the performance of the power plant. The common assumptions for the compared process simulations are a CO 2 recovery of 90% and a final purity above 95%, as stated by the US Department of Energy guidelines [37] . All the simulations are performed using Honeywell UniSim Design ® (version R400).
Membrane capture process
Membrane materials
In order to simulate highly permeable materials as PIM-1 (Membrane 1) a CO 2 permeance value of 3500 GPU is assumed; the value was calculated from the permeability reported for PIM-1 (7000 Barrer) [12] , assuming that at this high value the support might start playing a role decreasing the permeability. The scaling factor was based on a recent report on the permeance of hollow fibres from highly permeable TR polymers that have similar high permeability to PIM-1 as thick membranes [38, 39] . CO 2 selectivities over nitrogen, oxygen and water are assumed as reported in literature for flat membrane sheets [12, 40] . The values of permeance and selectivity considered are reported in Table 2 . In addition to the pristine PIM-1 material, two other cases were investigated. Membrane 2 represents the case of a PIM-1 with degraded properties due to ageing. In the case of physical ageing, the permeability was decreased by 83% over 400 days and this value is used to calculate the new permeance [41] . Similar decrease has been observed in the case of exposure of the polymer to the impurities in the flue gas (i.e. NOx and SOx) [12] . Such a degradation of pristine PIM-1 is not acceptable from a process point of view and significant effort is currently devoted to make the membranes "immortal" [41] . One strategy that has proved successful is the development of mixed matrices incorporating Porous Aromatic Frameworks (PAFs) into PIM-1. Lau et al. [41] reported that the drop in permeability over time for PAF-1 loaded PIM-1 is reduced to 7% over 400 days compared to the 83% for pristine PIM-1. The addition of the porous structure not only stabilises permeability but also has a beneficial effect on selectivity over nitrogen that increases to 29. Membrane 3 represents the case of such an aged PIM-1 with Porous Aromatic Frameworks (PAFs) incorporated in order to decrease the ageing.
Membrane module
The membrane modules are simulated using an in-house detailed membrane module simulator implemented in UniSim Design ® , with the membrane units as completely automated customised unit operations. The one-dimensional model [42] assumes a square cross-section and the hollowfibre module geometry is described by the external dimensions (module length L, width W and height H), the fraction of volume occupied by the fibres D, the fibre internal r in and external radius r out , and consequently the thickness of the porous support q assuming a membrane with asymmetric structure. The selective layer is assumed in the external part of the fibre and the feed enters the module on the shell side. Both feed and permeate sides are considered as nondispersed plug-flow, with the option of co-and countercurrent flow pattern and sweep at the permeate side. Pressure drops are included into the model formulation on both sides since their effects are expected to affect the energy consumption. The HagenePoiseuille relationship is assumed for pressure drops with an equivalent shell radius r eq used for the shell side calculation. The equivalent radius is calculated following the relationships developed for heat exchangers [43] . Non-ideal behaviour is also taken into account using the Peng-Robinson [44] equation of state throughout the simulation. The membrane module is assumed isothermal since the process is at low pressure and the temperature difference would be negligible [45] . The numerical resolution is based on Orthogonal Collocations on Finite Elements Method (OCFEM) [46] . The set of differential equations is reduced to a system of nonlinear algebraic equations and solved with the SUNDIALS libraries [47] . The modules simulated are based on data reported in the literature ( Table 3) . The model was validated on the experimental data on a module presented by Woo et al. [38] with cylindrical geometry. For the full scale simulation the module dimension are retrieved from Dong et al. [32] .
Process configuration
The hybrid two-stage configuration for the membrane capture process is shown in Fig. 1 : the capture section is retrofitted to the plant without modifying it and, as for the amine case, the electrical power required for separation and compression of the CO 2 is provided by the power plant. As reported by Roussanaly et al. [28] , the purity (>95%) and recovery (90%) required are not achievable with a simple two-stage process and PIM-1 membranes due to the low selectivity. To overcome this limitation and increase the purity of the CO 2 , a refrigeration stage is added after the compression train. The membrane separation scheme has two stages: a first counter-current stage with the possibility of using the retentate as sweep followed by a no-sweep counter-current high-purity stage. The inlet temperature to the membrane modules is 25 C and the pressure ratio is set at 5 for both stages as assumed in several studies [11, 14] .
The permeate stream from stage 2 is sent to a multi-stage compression train and the additional refrigeration stage. The CO 2 rich stream is compressed and intercooled to 45 C in four stages from atmospheric to 30 bar and then the stream is cooled to À20 C. A JouleeThomson valve is used to reduce the temperature to À35 C: two separators in series are then included to drain the liquid and the resulting CO 2 -rich gas stream is sent as recycle to the inlet of stage 2 to increase the CO 2 inlet composition. Liquid CO 2 is produced after the refrigeration stage and then a pump is used in order to reach the pressure (150 bar) required for storage. An efficiency of 50% for the refrigeration cycle [48] is assumed in order to estimate the overall energy consumption.
A summary of all the simulations performed is reported in Table 4 .
Economic analysis
Economic analysis of the process configuration simulated is essential to evaluate the feasibility of the proposed membrane technology in comparison with other solutions: different international organisations report detailed guidelines for carbon capture methodologies and cost targets [33, 34, 49] . To estimate the impact of the capture system on the plant performances, the cost of electricity is used and in particular Levelised Cost Of Electricity (LCOE) based on the methodologies adopted by UK Department of Energy and Climate Change (DECC) [35, 49] and European Zero Emission Platform (ZEP) [33] . The LCOE is ratio of the net present value of total capital and operating costs of a plant to the net present value of the net electricity generated by that plant over its operating life [49] . The formulation from DECC is given by (1) with: I t the total overnight capital cost, M t the sum of the fixed/variable annual operating costs, E t the annual output at 100% capacity and F t is the fuel cost and r is the discount rate.
Capital and O&M costs included in I t and M t are calculated according to the formulation reported by Zhao et al. [18] for 
The complete list of parameters used in the LCOE calculation is reported in Table 5 .
In the case of power plants with carbon capture, the contribution of capital, operating and maintenance (O&M) and storage are added to the base case calculation. Therefore, terms, in I t and M t in (1) include contribution of the capture process. The parameters from the capture cost estimation from Zhao et al. [20] are adopted for the membrane contribution, considering the O&M the same escalation factor as fuel (1.5%). It is assumed that the membranes are changed every 5 years while the skids and the equipment twice in the life of the plant (an average life of 25 years for the membrane skids is assumed [20] ).
The cost parameters for the base case plant are assumed as nth of a kind (NOAK) coal-fired power plant [35] . The choice of using NOAK parameters implies that the technology in the field is already mature and a number of plants are built, which is a reasonable assumption in the case of a coal-fired power plant with FGD. Capital costs include the contributions of pre-licensing, regulatory, Engineering and Procurement Costs (EPC) and infrastructure costs. Operation and maintenance include fixed and variable fees accounting for an annual escalation factor of 2% and an average fuel cost estimation is assumed [33] . The energy penalty for the amine reference case is 135 MW, 24.4% of the net power output. The cost parameters for the LCOE calculation based on amine capture are considered as 1st of a kind amine technology [49] . Transport and storage costs are evaluated according to UK DECC guidelines [49] and are assumed equal for both amines and membrane technology. In the case of unknown parameters for the membrane case (for example EPC and licensing costs), they are taken from the amine analysis as 1st of a kind (FOAK). In this case the assumption of FOAK parameters is justified since LCOE is predicted for a new-built plant with carbon capture. The LCOE methodology and the possible contribution of carbon cost have been investigated in the European environment. Emission Trading Scheme (ETS) [50] has the potential of giving an important contribution to the deployment of the technology reducing the costs. Each plant has an assigned amount of emissions according to the current European regulation [50] : the mechanism is based on a capand-trade system, which considers additional emissions as a debit. The integration of CCS in the ETS system is still under development, but the captured CO 2 can be considered as benefit for the plant owner in terms of European Unit Allowances (EUAs) and it has been considered in the LCOE calculation. Despite the difficulties in identifying a trend in carbon price for the next decades, an emission cost of 6 V/ tCO 2 for 2016 with an escalation of 2 V/year was assumed. This can be considered a conservative assumption in comparison to available reports [33, 49] and predictions [51] . In order to integrate the possible role of the emission market, a carbon tax scenario consistent with the UK DECC analysis was also assumed in this paper.
Results and discussion
Model validation
In order to validate the implemented model, the conditions explored by Woo et al. [38] are replicated. This was chosen as a reference because it is focused on a highly permeable polymer similar to what is considered in this study and uses similar contributions in the model (i.e: pressure drop on the permeate side as discussed by Dong et al. [32] ). Fig. 2 shows the comparison between the experiments reported in the literature and our simulation and the two are in perfect agreement further demonstrating that the square cross-section assumed has no influence on the results.
Base membrane case
As described in Section 2.2.1, the advanced hybrid configuration chosen includes two membrane stages and a refrigeration stage at the end of the capture process in order to achieve high purity. The base membrane configuration (Case A) includes recycles but no sweep in the two membrane modules. The results in terms of area and energy requirement are reported in Table 6 while the breakdown of the energy consumption is summarised in Table 7 . The results show that it is possible to design an advanced two-stage process with high permeability materials with modest selectivity as hinted by Roussanaly et al. [28] . Fig. 3 shows the comparison in terms of economics with the reference amine case. As expected, the process is not competitive in terms of LCOE with the state of the art amine process and this is due to the low selectivity; further advanced configuration need to be explored for this type of materials. The fraction of retentate used as sweep is reported in Table 9 for each point.
Effect of sweep pressure
One option in order to reduce the area of the membranes and therefore the really high capital cost of the process is to add a sweep stream. Our choice was to use part of the retentate as sweep stream following the results of Merkel et al. [14] that demonstrated the improvement in the area compared to only vacuum on the permeate side. This would clearly increase the complexity of the layout of the plant and the option has to be economically advantageous in order to be attractive. To confirm the effect of sweep at low pressure ratios, simulations have been carried out with and without sweep by fixing permeate pressure of stage 1e500 mbar (pressure ratio stage 1 fixed to 2.2). The results are reported in Table 8 , where both a dramatic reduction of membrane area (42%) and energy consumption (14%) can be observed if retentate sweep is used. Fig. 4 reports the results for different pressure ratios in the first stage, keeping fixed the feed pressure; as expected the area required for the separation decreases dramatically increasing the level of vacuum while the energy required has a minimum around a pressure ratio of 2.8 in the first stage. An overview of the configurations is also presented in Table 9 where the fraction of retentate used as sweep is reported.
In Fig. 5 the LCOE and its breakdown is compared to Case A for membranes showing that the sweep option becomes competitive at pressure ratios between 2.5 and 4. This is due to the dramatic reduction of membrane area compared to lower pressure ratios that compensate for the higher energy requirements. If the sweep pressure if further decreased (i.e: increasing the pressure ratio) the reduction in the area and membrane capital cost is not enough to compensate the increase in vacuum requirement of the plant. Table 9 Overview of sweep configurations with respective pressure ratio and sweep-toretentate ratio.
Configuration name
Pressure ratio Retentate sweep fraction Table 9 ). 
Effect of impurities and ageing effect
One of the main problems related to super glassy polymer is their tendency to age over time and be affected by exposure to water and impurities [12] . In order to predict the performance of a fixed design over the life of the membrane, the base design for PIM1 was evaluated for a membrane with the properties after ageing or after exposure to impurities. The properties considered for the degraded materials are reported in Table 3 . As it can be seen in Fig. 6 the recovery drops dramatically once the degraded PIM-1 is considered while the purity is not affected due to the presence of the cryogenic stage. The operating cost of the original plant with the degraded membrane will vary due to the reduced flow rates and therefore affect the LCOE that would also increase significantly due to the carbon cost. This simulation also confirms that in case of a capture regime below 90% recovery, membranes can have a significant advantage compared to other technologies even for modest selectivity. A capture process can also be designed for a 90% recovery with the properties of the degraded PIM-1 (Case D) with an expected increase in membrane area required and energy consumption that lead to a dramatic increase in the LCOE (Table 3) .
Using the properties of a PIM-1 stabilised with PAFs (Membrane 3) to evaluate our base membrane design will instead results in a drop in recovery to just 88% not far off the 90% target (Case B). A process with 90% recovery can be designed for the PIM-1-PAF materials. This would lead in a 22% overdesign of the membrane modules compared to the base case as reported in Table 3 (Case E). The LCOE (Fig. 7) will be lower than the base case due to the higher selectivity and it is expected that process improvement similar to the sweep cases considered in the previous section will lead to even more competitive processes.
Finally the breakdown of the power consumption for the different simulation is shown in Fig. 8 and confirms the advantage of the capture configuration including a refrigeration stage. In all cases the contribution of the refrigeration step to the energy requirement is relatively small while in terms of purity it allows to move from around 80% out of the second membrane stage to over 98%.
Conclusions
The development of super glassy polymers with really high permeability but limited selectivity requires the design of specific advanced process configurations that take advantage of their unique properties and remain economically viable. These materials are attractive for post combustion capture application due to the large volume of flue gas to be treated. Simulations of a hybrid two-stage configuration show that membranes with really high permeability like PIMs or TR polymers can deliver the recovery and purity required for storage but are not yet competitive in terms of economics. More advanced process configurations should be investigated in order to lower the energy and the area required for the separation bringing LCOE below 100 V/MWh, in line with more mature technologies. Finally the degradation of high performance materials due to ageing and interaction with impurities has a large impact on the process recovery and economics and should be taken into account in evaluating any design. Efforts in testing materials close to real conditions are necessary in order to produce a reliable estimation of future plant performances.
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Appendix.
A more detailed representation of the proposed membrane design is reported in Fig. A .
In Table A temperature, pressure, flow and composition in each stream can be found. This is reported as representative case for Case A. 
